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a  b  s  t  r  a  c  t

As  the  oil  reserves  are  depleting  the need  of  an  alternative  fuel  source  is  becoming  increasingly  apparent.
One  prospective  method  for producing  fuels  in  the  future  is  conversion  of biomass  into  bio-oil  and  then
upgrading  the  bio-oil  over  a catalyst,  this  method  is the  focus  of this  review  article.  Bio-oil  production  can
be facilitated  through  flash  pyrolysis,  which  has  been  identified  as one  of  the  most  feasible  routes.  The  bio-
oil has  a high  oxygen  content  and therefore  low  stability  over  time  and  a low  heating  value.  Upgrading
is  desirable  to remove  the  oxygen  and  in  this  way  make  it resemble  crude  oil.  Two  general  routes  for
bio-oil  upgrading  have  been  considered:  hydrodeoxygenation  (HDO)  and  zeolite  cracking.  HDO  is  a  high
pressure operation  where  hydrogen  is  used  to exclude  oxygen  from  the  bio-oil,  giving  a  high grade  oil
product  equivalent  to  crude  oil.  Catalysts  for the  reaction  are  traditional  hydrodesulphurization  (HDS)
catalysts,  such  as  Co–MoS2/Al2O3, or metal  catalysts,  as  for example  Pd/C.  However,  catalyst  lifetimes  of
much  more  than  200  h  have  not  been  achieved  with  any  current  catalyst  due  to carbon  deposition.  Zeolite
cracking  is an alternative  path, where  zeolites,  e.g.  HZSM-5,  are  used  as catalysts  for  the  deoxygenation
reaction.  In  these  systems  hydrogen  is  not  a requirement,  so  operation  is performed  at  atmospheric
pressure.  However,  extensive  carbon  deposition  results  in very  short  catalyst  lifetimes.  Furthermore  a
general  restriction  in the hydrogen  content  of  the  bio-oil  results  in  a low  H/C  ratio  of  the  oil product  as  no
additional  hydrogen  is  supplied.  Overall,  oil  from  zeolite  cracking  is of  a  low  grade,  with  heating  values
approximately  25%  lower  than  that  of  crude  oil.  Of the  two mentioned  routes,  HDO  appears  to have  the

best  potential,  as  zeolite  cracking  cannot  produce  fuels  of  acceptable  grade  for the current  infrastructure.
HDO  is  evaluated  as  being  a  path  to fuels  in a grade  and  at a price  equivalent  to present  fossil  fuels,
but  several  tasks  still  have  to be addressed  within  this  process.  Catalyst  development,  understanding
of  the  carbon  forming  mechanisms,  understanding  of  the  kinetics,  elucidation  of  sulphur  as  a  source  of
deactivation,  evaluation  of  the requirement  for high  pressure,  and  sustainable  sources  for  hydrogen  are
all areas  which  have  to  be elucidated  before  commercialisation  of  the  process.
© 2011 Elsevier B.V. All rights reserved.
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Table 1
Overview of potential routes for production of renewable fuels from biomass. The
prices are based on the lower heating value (LHV). Biomass as feed implies high
flexibility with respect to feed source.

Technology Feed Platform chemical Price [$/toea]

HDO Biomass Bio-oil 740b

Zeolite cracking Biomass Bio-oil –
Fischer–Tropsch Biomass Syngas 840–1134c

H2 Biomass Syngas 378–714d,e

Methanol Biomass Syngas 546–588f

Higher alcohols Biomass Syngas 1302–1512g

Bio-ethanol Sugar cane – 369–922h

Bio-ethanol Corn – 1107–1475i

Bio-ethanol Biomass – 1475–2029j

Biodiesel Canola oil – 586–1171k

Biodiesel Palm oil – 586–937l

Gasoline Crude oil – 1046m

a toe: tonne of oil equivalent, 1 toe = 42 GJ.
b Published price: 2.04$/gallon [167], 1 gallon = 3.7854 l, � = 719 kg/m3,

LHV = 42.5 MJ/kg.
c Published price: 20–27$/GJ [197].
d Published price: 9–17$/GJ [197,21].
e Expenses for distribution and storage are not considered.
f Published price: 13–14$/GJ [197].
g Published price: 31–36$/GJ [197].
h Published price: 0.2–0.5$/l [193], � = 789 kg/m3, LHV = 28.87 MJ/kg.
i Published price: 0.6–0.8$/l [193].
j Published price: 0.8–1.1$/l [193].
k Published price: 0.5–1$/l [193], � = 832 kg/m3, LHV = 43.1 MJ/kg.
l
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. Introduction

Energy consumption has never been higher worldwide than it is
oday, due to our way of living and the general fact that the World’s
opulation is increasing [1,2]. One of the main fields of energy con-
umption is the transportation sector, constituting about one fifth
f the total [3].  As the World’s population grows and means of trans-
ortation becomes more readily available, it is unavoidable that the
eed for fuels will become larger in the future [4].  This requirement
onstitutes one of the major challenges of the near future, as present
uels primarily are produced from crude oil and these reserves are
epleting [5].

Substantial research is being carried out within the field of
nergy in order to find alternative fuels to replace gasoline and
iesel. The optimal solution would be an alternative which is
quivalent to the conventional fuels, i.e. compatible with the infras-
ructure as we know it, but also a fuel which is sustainable and will
ecrease the CO2 emission and thereby decrease the environmental
an-made footprint [6].
Biomass derived fuels could be the prospective fuel of tomor-

ow as these can be produced within a relatively short cycle and
re considered benign for the environment [4,7]. So far first gener-
tion bio-fuels (bio-ethanol and biodiesel) have been implemented
n different parts of the World [8,9]. However, these technologies
ely on food grade biomass; first generation bio-ethanol is produced
rom the fermentation of sugar or starch and biodiesel is produced
n the basis of fats [10–12].  This is a problem as the requirement
or food around the World is a constraint and the energy efficiency
er unit land of the required crops is relatively low (compared to
nergy crops) [13]. For this reason new research focuses on devel-
ping second generation bio-fuels, which can be produced from
ther biomass sources such as agricultural waste, wood, etc. Table 1
ummarizes different paths for producing fuels from biomass and
isplay which type of biomass source is required, showing that a
eries of paths exists which can utilise any source of biomass.

Of the second generation biofuel paths, a lot of efforts are
resently spent on the biomass to liquid route via syngas to opti-
ize the efficiency [14–17] and also synthesis of higher alcohols

rom syngas or hydrocarbons from methanol [16,18–22].  As an
lternative, the estimated production prices shown in Table 1 indi-
ate that HDO constitute a feasible route for the production of
ynthetic fuels. The competiveness of this route is achieved due
o a good economy when using bio-oil as platform chemical (lower
ransport cost for large scale plants) and the flexibility with respect
o the biomass feed [10,23–25].  Furthermore this route also consti-
ute a path to fuels applicable in the current infrastructure [10].

Jointly, HDO and zeolite cracking are referred to as catalytic
io-oil upgrading and these could become routes for production of
econd generation bio-fuels in the future, but both routes are still
ar from industrial application. This review will give an overview
n the present status of the two processes and also discuss which

spects need further elucidation. Each route will be considered
ndependently. Aspects of operating conditions, choice of catalyst,
eaction mechanisms, and deactivation mechanisms will be dis-
ussed. These considerations will be used to give an overview of the
Published price: 0.5–0.8$/l [193].
m Published price in USA April 2011: 2.88$/gallon excluding distribution, market-

ing, and taxes [179]. Crude oil price April 2011: 113.23$/barrel [196].

two processes compared to each other, but also relative to crude
oil as the benchmark. Ultimately, an industrial perspective will be
given, discussing the prospective of production of bio-fuels through
catalytic bio-oil upgrading in industrial scale.

Other reviews within the same field are that by Elliott [26]
from 2007 where the development within HDO since the 1980s
is discussed, and a review in 2000 by Furimsky [27] where reac-
tion mechanisms and kinetics of HDO are discussed. More general
reviews of utilisation of bio-oil have been published by Zhang
et al. [28], Bridgwater [29], and Czernik and Bridgwater [30], and
reviews about bio-oil and production thereof have been published
by Venderbosch and Prins [31] and Mohan et al. [32].

2. Bio-oil

As seen from Table 1, both HDO and zeolite cracking are based
on bio-oil as platform chemical. Flash pyrolysis is the most widely
applied process for production of bio-oil, as this has been found
as a feasible route [16,26,33].  In this review, only this route will be
discussed and bio-oil will in the following refer to flash pyrolysis oil.
For information about other routes reference is made to [16,34–37].

Flash pyrolysis is a densification technique where both the

mass- and energy-density is increased by treating the raw biomass
at intermediate temperatures (300–600 ◦C) with high heating rates
(103–104 K/s) and at short residence times (1–2 s) [28,31,38].  In this
way, an increase in the energy density by roughly a factor of 7–8
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Table 2
Bio-oil composition in wt%  on the basis of different biomass sources and production methods.

Corn cobs Corn stover Pine Softwood Hardwood

Ref. � [45] [45] [50,31] [195] [195]
T  [◦C] 500 500 520 500 –
Reactor Fluidized bed Fluidized bed Transport bed Rotating bed Transport bed

Water  25 9 24 29–32 20–21
Aldehydes 1 4 7 1–17 0–5
Acids 6 6 4 3–10 5–7
Carbohydrates 5 12 34 3–7 3–4
Phenolics 4 2 15 2–3 2–3
Furan etc. 2 1 3 0–2 0–1

c
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T
C

Alcohols 0 0 

Ketones 11 7 

Unclassified 46 57 

an be achieved [39,40].  Virtually any type of biomass is compatible
ith pyrolysis, ranging from more traditional sources such as corn

nd wood to waste products such as sewage sludge and chicken
itter [38,41,42].

More than 300 different compounds have been identified in bio-
il, where the specific composition of the product depends on the
eed and process conditions used [28]. In Table 2 a rough char-
cterisation of bio-oil from different biomass sources is seen. The
rinciple species of the product is water, constituting 10–30 wt%,
ut the oil also contains: hydroxyaldehydes, hydroxyketones, sug-
rs, carboxylic acids, esters, furans, guaiacols, and phenolics, where
any of the phenolics are present as oligomers [28,30,43,44].
Table 3 shows a comparison between bio-oil and crude oil. One

rucial difference between the two is the elemental composition,
s bio-oil contains 10–40 wt% oxygen [28,31,45].  This affects the
omogeneity, polarity, heating value (HV), viscosity, and acidity of
he oil.

The oxygenated molecules of lower molecular weight, especially
lcohols and aldehydes, ensure the homogeneous appearance of
he oil, as these act as a sort of surfactant for the higher molecu-
ar weight compounds, which normally are considered apolar and
mmiscible with water [166]. Overall this means that the bio-oil
as a polar nature due to the high water content and is therefore

mmiscible with crude oil. The high water content and oxygen con-
ent further result in a low HV of the bio-oil, which is about half
hat of crude oil [28,31,30,46].

The pH of bio-oil is usually in the range from 2 to 4, which pri-
arily is related to the content of acetic acid and formic acid [47].

he acidic nature of the oil constitutes a problem, as it will entail
arsh conditions for equipment used for both storage, transport,
nd processing. Common construction materials such as carbon
teel and aluminium have proven unsuitable when operating with

io-oil, due to corrosion [28,46].

A pronounced problem with bio-oil is the instability during stor-
ge, where viscosity, HV, and density all are affected. This is due
o the presence of highly reactive organic compounds. Olefins are

able 3
omparison between bio-oil and crude oil. Data are from Refs. [10,11,28].

Bio-oil Crude oil

Water [wt%] 15–30 0.1
pH  2.8–3.8 –
�  [kg/l] 1.05–1.25 0.86
�50◦C [cP] 40–100 180
HHV [MJ/kg] 16–19 44
C  [wt%] 55–65 83–86
O  [wt%] 28–40 <1
H  [wt%] 5–7 11–14
S  [wt%] <0.05 <4
N  [wt%] <0.4 <1
Ash  [wt%] <0.2 0.1
2 0–1 0–4
4 2–4 7–8
5 24–57 47–58

suspected to be active for repolymerization in the presence of air.
Furthermore, ketones, aldehydes, and organic acids can react to
form ethers, acetales, and hemiacetals, respectively. These types of
reactions effectively increase the average molecular mass of the oil,
the viscosity, and the water content. An overall decrease in the oil
quality is therefore seen as a function of storage time, ultimately
resulting in phase separation [48–50].

Overall the unfavourable characteristics of the bio-oil are asso-
ciated with the oxygenated compounds. Carboxylic acids, ketones,
and aldehydes constitute some of the most unfavourable com-
pounds, but utilisation of the oil requires a general decrease in the
oxygen content in order to separate the organic product from the
water, increase the HV, and increase the stability.

3. Bio-oil upgrading—general considerations

Catalytic upgrading of bio-oil is a complex reaction network due
to the high diversity of compounds in the feed. Cracking, decar-
bonylation, decarboxylation, hydrocracking, hydrodeoxygenation,
hydrogenation, and polymerization have been reported to take
place for both zeolite cracking and HDO [51–53].  Examples of these
reactions are given in Fig. 1. Besides these, carbon formation is also
significant in both processes.

The high diversity in the bio-oil and the span of potential
reactions make evaluation of bio-oil upgrading difficult and such
evaluation often restricted to model compounds. To get a general
thermodynamic overview of the process, we have evaluated the
following reactions through thermodynamic calculations (based on
data from Barin [54]):

phenol + H2 � benzene + H2O (1)

phenol + 4H2 � cyclohexane + H2O (2)

This reaction path of phenol has been proposed by both Massoth
et al. [55] and Yunquan et al. [56]. Calculating the thermodynamic
equilibrium for the two  reactions shows that complete conversion
of phenol can be achieved at temperatures up to at least 600 ◦C
at atmospheric pressure and stoichiometric conditions. Increasing
either the pressure or the excess of hydrogen will shift the ther-
modynamics even further towards complete conversion. Similar
calculations have also been made with furfural, giving equivalent
results. Thus, thermodynamics does not appear to constitute a con-
straint for the processes, when evaluating the simplest reactions of
Fig. 1 for model compounds.

In practice it is difficult to evaluate the conversion of each indi-
vidual component in the bio-oil. Instead two important parameters

are the oil yield and the degree of deoxygenation:

Yoil =
(

moil

mfeed

)
· 100 (3)
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Fig. 1. Examples of reactions associated with catalytic bio-oil upgr

OD =
(

1 − wt%O in product

wtO in feed

)
· 100 (4)

ere Yoil is the yield of oil, moil is the mass of produced oil, mfeed
s the mass of the feed, DOD is the degree of deoxygenation, and

t%O is the weight percent of oxygen in the oil. The two  parame-
ers together can give a rough overview of the extent of reaction,
s the oil yield describes the selectivity toward an oil product and
he degree of deoxygenation describes how effective the oxygen
emoval has been and therefore indicates the quality of the pro-
uced oil. However, separately the parameters are less descriptive,

or it can be seen that a 100% yield can be achieved in the case
f no reaction. Furthermore, none of the parameters relate to the
emoval of specific troublesome species and these would have to
e analyzed for in detail.

able 4
verview of catalysts investigated for catalytic upgrading of bio-oil.

Catalyst Setup Feed Time [h] P [bar] 

Hydrodeoxygenation
Co–MoS2/Al2O3 Batch Bio-oil 4 200 

Co–MoS2/Al2O3 Continuous Bio-oil 4a 300 

Ni–MoS2/Al2O3 Batch Bio-oil 4 200 

Ni–MoS2/Al2O3 Continuous Bio-oil 0.5a 85 

Pd/C  Batch Bio-oil 4 200 

Pd/C  Continuous Bio-oil 4b 140 

Pd/ZrO2 Batch Guaiacol 3 80 

Pt/Al2O3/SiO2 Continuous Bio-oil 0.5a 85 

Pt/ZrO2 Batch Guaiacol 3 80 

Rh/ZrO2 Batch Guaiacol 3 80 

Ru/Al2O3 Batch Bio-oil 4 200 

Ru/C  Continuous Bio-oil 0.2a 230 

Ru/C  Batch Bio-oil 4 200 

Ru/TiO2 Batch Bio-oil 4 200 

Zeolite cracking
GaHZSM-5 Continuous Bio-oil 0.32a 1 

H-mordenite Continuous Bio-oil 0.56a 1 

H–Y  Continuous Bio-oil 0.28a 1 

HZSM-5 Continuous Bio-oil 0.32a 1 

HZSM-5 Continuous Bio-oil 0.91a 1 

MgAPO-36 Continuous Bio-oil 0.28a 1 

SAPO-11 Continuous Bio-oil 0.28a 1 

SAPO-5 Continuous Bio-oil 0.28a 1 

ZnHZSM-5 Continuous Bio-oil 0.32a 1 

a Calculated as the inverse of the WHSV.
b Calculated as the inverse of the LHSV.
 The figure is drawn on the basis of information from Refs. [51,53].

Table 4 summarizes operating parameters, product yield, degree
of deoxygenation, and product grade for some of the work con-
ducted within the field of bio-oil upgrading. The reader can get an
idea of how the choice of catalyst and operating conditions affect
the process. It is seen that a wide variety of catalysts have been
tested. HDO and zeolite cracking are split in separate sections in
the table, where it can be concluded that the process conditions of
HDO relative to zeolite cracking are significantly different, partic-
ularly with respect to operating pressure. The two processes will
therefore be discussed separately in the following.

4. Hydrodeoxygenation
HDO is closely related to the hydrodesulphurization (HDS) pro-
cess from the refinery industry, used in the elimination of sulphur
from organic compounds [43,57]. Both HDO and HDS use hydrogen

T [◦C] DOD [%] O/C H/C Yoil [wt%] Ref. �

350 81 0.8 1.3 26 [53]
370 100 0.0 1.8 33 [70]
350 74 0.1 1.5 28 [53]
400 28 – – 84 [119]
350 85 0.7 1.6 65 [53]
340 64 0.1 1.5 48 [61]
300 – 0.1 1.3 – [66]
400 45 – – 81 [119]
300 – 0.2 1.5 – [66]
300 – 0.0 1.2 – [66]
350 78 0.4 1.2 36 [53]
350–400 73 0.1 1.5 38 [11]
350 86 0.8 1.5 53 [53]
350 77 1.0 1.7 67 [53]

380 – – – 18 [130]
330 – – – 17 [145]
330 – – – 28 [145]
380 50 0.2 1.2 24 [130]
500 53 0.2 1.2 12 [127]
370 – – – 16 [194]
370 – – – 20 [194]
370 – – – 22 [194]
380 – – – 19 [130]
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Table 5
Activation energy (EA), iso-reactive temperature (Tiso), and hydrogen consump-
tion for the deoxygenation of different functional groups or molecules over a
Co–MoS2/Al2O3 catalyst. Data are obtained from Grange et al. [23].

Molecule/group EA [kJ/mol] TIso [◦C] Hydrogen consumption

Ketone 50 203 2 H2/group
Carboxylic acid 109 283 3 H2/group
Methoxy phenol 113 301 ≈6 H2/molecule

consumption for bio-oil upgrading as a function of deoxygena-
tion rate over a Ru/C catalyst in a fixed bed reactor. The results
are summarized in Fig. 2. The hydrogen consumption becomes
increasingly steep as a function of the degree of deoxygenation.

Fig. 2. Consumption of hydrogen for HDO as a function of degree of deoxygenation
compared to the stoichiometric requirement. 100% deoxygenation has been extrap-
olated on the basis of the other points. The stoichiometric requirement has been
P.M. Mortensen et al. / Applied C

or the exclusion of the heteroatom, forming respectively H2O and
2S.

All the reactions shown in Fig. 1 are relevant for HDO, but the
rincipal reaction is hydrodeoxygenation, as the name implies,
nd therefore the overall reaction can be generally written as (the
eaction is inspired by Bridgwater [43,58] and combined with the
lemental composition of bio-oil specified in Table 3 normalized to
arbon):

H1.4O0.4 + 0.7 H2 → 1” CH2
′′ + 0.4 H2O (5)

ere “CH2” represent an unspecified hydrocarbon product. The
verall thermo chemistry of this reaction is exothermic and simple
alculations have shown an average overall heat of reaction in the
rder of 2.4 MJ/kg when using bio-oil [59].

Water is formed in the conceptual reaction, so (at least) two
iquid phases will be observed as product: one organic and one
queous. The appearance of two organic phases has also been
eported, which is due to the production of organic compounds
ith densities less than water. In this case a light oil phase will

eparate on top of the water and a heavy one below. The forma-
ion of two organic phases is usually observed in instances with
igh degrees of deoxygenation, which will result in a high degree
f fractionation in the feed [11].

In the case of complete deoxygenation the stoichiometry of Eq.
5) predicts a maximum oil yield of 56–58 wt% [43]. However, the
omplete deoxygenation indicated by Eq. (5) is rarely achieved due
o the span of reactions taking place; instead a product with residual
xygen will often be formed. Venderbosch et al. [11] described the
toichiometry of a specific experiment normalized with respect to
he feed carbon as (excluding the gas phase):

H1.47O0.56 +0.39 H2 → 0.74CH1.47O0.11 + 0.19CH3.02O1.09

+0.29 H2O (6)

ere CH1.47O0.11 is the organic phase of the product and CH3.02O1.09
s the aqueous phase of the product. Some oxygen is incorporated
n the hydrocarbons of the organic phase, but the O/C ratio is sig-
ificantly lower in the hydrotreated organic phase (0.11) compared
o the pyrolysis oil (0.56). In the aqueous phase a higher O/C ratio
han in the parent oil is seen [11].

Regarding operating conditions, a high pressure is generally
sed, which has been reported in the range from 75 to 300 bar

n the literature [31,60,61].  Patent literature describes operating
ressures in the range of 10–120 bar [62,63].  The high pressure has
een described as ensuring a higher solubility of hydrogen in the
il and thereby a higher availability of hydrogen in the vicinity of
he catalyst. This increases the reaction rate and further decreases
oking in the reactor [11,64]. Elliott et al. [61] used hydrogen in an
xcess of 35–420 mol  H2 per kg bio-oil, compared to a requirement
f around 25 mol/kg for complete deoxygenation [11].

High degrees of deoxygenation are favoured by high residence
imes [31]. In a continuous flow reactor, Elliott et al. [61] showed
hat the oxygen content of the upgraded oil decreased from 21 wt%
o 10 wt% when decreasing the LHSV from 0.70 h−1 to 0.25 h−1 over

 Pd/C catalyst at 140 bar and 340 ◦C. In general LHSV should be in
he order of 0.1–1.5 h−1 [63]. This residence time is in analogy to
atch reactor tests, which usually are carried out over timeframes
f 3–4 h [53,65,66].

HDO is normally carried out at temperatures between 250 and
50 ◦C [11,57]. As the reaction is exothermic and calculations of
he equilibrium predicts potential full conversion of representative
odel compounds up to at least 600 ◦C, it appears that the choice of
perating temperature should mainly be based on kinetic aspects.
he effect of temperature was investigated by Elliott and Hart [61]
or HDO of wood based bio-oil over a Pd/C catalyst in a fixed bed
4-Methylphenol 141 340 ≈4 H2/molecule
2-Ethylphenol 150 367 ≈4 H2/molecule
Dibenzofuran 143 417 ≈8 H2/molecule

reactor at 140 bar. Here it was found that the oil yield decreased
from 75% to 56% when increasing the temperature from 310 ◦C to
360 ◦C. This was accompanied by an increase in the gas yield by
a factor of 3. The degree of deoxygenation increased from 65% at
310 ◦C to 70% at 340 ◦C. Above 340 ◦C the degree of deoxygenation
did not increase further, but instead extensive cracking took place
rather than deoxygenation.

The observations of Elliott et al. [61] are due to the reactivity of
the different types of functional groups in the bio-oil [23,67]. Table 5
summarizes activation energies, iso-reactivity temperatures (the
temperature required for a reaction to take place), and hydrogen
consumption for different functional groups and molecules over a
Co–MoS2/Al2O3 catalyst. On this catalyst the activation energy for
deoxygenation of ketones is relatively low, so these molecules can
be deoxygenated at temperatures close to 200 ◦C. However, for the
more complex bound or sterically hindered oxygen, as in furans
or ortho substituted phenols, a significantly higher temperature is
required for the reaction to proceed. On this basis the apparent
reactivity of different compounds has been summarized as [27]:

alcohol > ketone > alkylether > carboxylic acid

≈ M-/p-phenol ≈ naphtol > phenol > diarylether

≈ O-phenol ≈ alkylfuran > benzofuran > dibenzofuran

(7)

An important aspect of the HDO reaction is the consump-
tion of hydrogen. Venderbosch et al. [11] investigated hydrogen
calculated on the basis of an organic bound oxygen content of 31 wt% in the bio-oil
and  a hydrogen consumption of 1 mol H2 per mol oxygen. Experiments were per-
formed with a Ru/C catalyst at 175–400 ◦C and 200–250 bar in a fixed bed reactor
fed  with bio-oil. The high temperatures were used in order to achieve high degrees
of  deoxygenation. Data are from Venderbosch et al. [11].
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Fig. 3. Yields of oil, water, and gas from a HDO process as a function of the degree
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f deoxygenation. Experiments were performed with eucalyptus bio-oil over a
o–MoS2/Al2O3 catalyst in a fixed bed reactor. Data are from Samolada et al. [81].

his development was presumed to be due to the different reac-
ivity values of the compounds in the bio-oil. Highly reactive
xygenates, like ketones, are easily converted with low hydrogen
onsumption, but some oxygen is bound in the more stable com-
ounds. Thus, the more complex molecules are accompanied by an

nitial hydrogenation/saturation of the molecule and therefore the
ydrogen consumption exceeds the stoichiometric prediction at
he high degrees of deoxygenation [27]. These tendencies are also
llustrated in Table 5. Obviously, the hydrogen requirement for
DO of a ketone is significantly lower than that for a furan. Overall

his means that in order to achieve 50% deoxygenation (ca. 25 wt%
xygen in the upgraded oil) 8 mol  H2 per kg bio-oil is required
ccording to Fig. 2. In contrast, complete deoxygenation (and
ccompanied saturation) has a predicted hydrogen requirement of
a. 25 mol/kg, i.e. an increase by a factor of ca. 3.

The discussion above shows that the use of hydrogen for upgrad-
ng bio-oil has two effects with respect to the mechanism: removing

xygen and saturating double bounds. This results in decreased
/C ratios and increased H/C ratios, both of which increase the fuel
rade of the oil by increasing the heating value (HV). Mercader et al.
60] found that the higher heating value (HHV) of the final product

ig. 4. Proposed mechanism of HDO of 2-ethylphenol over a Co–MoS2 catalyst. The dott
asis  of information from Romero et al. [85].
sis A: General 407 (2011) 1– 19

was approximately proportional to the hydrogen consumed in the
process, with an increase in the HHV of 1 MJ/kg per mol/kg H2
consumed.

In Fig. 3 the production of oil, water, and gas from a HDO  process
using a Co–MoS2/Al2O3 catalyst is seen as a function of the degree of
deoxygenation. The oil yield decreases as a function of the degree of
deoxygenation, which is due to increased water and gas yields. This
shows that when harsh conditions are used to remove the oxygen, a
significant decrease in the oil yield occurs; it drops from 55% to 30%
when increasing the degree of deoxygenation from 78% to 100%. It
is therefore an important aspect to evaluate to which extent the
oxygen should be removed [68].

4.1. Catalysts and reaction mechanisms

As seen from Table 4, a variety of different catalysts has been
tested for the HDO process. In the following, these will be discussed
as either sulphide/oxide type catalysts or transition metal catalysts,
as it appears that the mechanisms for these two  groups of catalysts
are different.

4.1.1. Sulphide/oxide catalysts
Co–MoS2 and Ni–MoS2 have been some of the most frequently

tested catalysts for the HDO reaction, as these are also used in the
traditional hydrotreating process [26,27,64,67,69–83].

In these catalysts, Co or Ni serves as promoters, donating elec-
trons to the molybdenum atoms. This weakens the bond between
molybdenum and sulphur and thereby generates a sulphur vacancy
site. These sites are the active sites in both HDS  and HDO reactions
[55,80,84–86].

Romero et al. [85] studied HDO of 2-ethylphenol on MoS2-based
catalysts and proposed the reaction mechanism depicted in Fig. 4.
The oxygen of the molecule is believed to adsorb on a vacancy site of
a MoS2 slab edge, activating the compound. S–H species will also be
present along the edge of the catalyst as these are generated from

the H2 in the feed. This enables proton donation from the sulphur to
the attached molecule, which forms a carbocation. This can undergo
direct C–O bond cleavage, forming the deoxygenated compound,
and oxygen is hereafter removed in the formation of water.

ed circle indicates the catalytically active vacancy site. The figure is drawn on the
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For the mechanism to work, it is a necessity that the oxy-
en group formed on the metal site from the deoxygenation step
s eliminated as water. During prolonged operation it has been
bserved that a decrease in activity can occur due to transforma-
ion of the catalyst from a sulphide form toward an oxide form. In
rder to avoid this, it has been found that co-feeding H2S to the
ystem will regenerate the sulphide sites and stabilize the catalyst
79,84,87,88]. However, the study of Senol et al. [87,88] showed that
race amounts of thiols and sulphides was formed during the HDO
f 3 wt% methyl heptanoate in m-xylene at 15 bar and 250 ◦C in a
xed bed reactor with Co–MoS2/Al2O3 co-fed with up to 1000 ppm
2S. Thus, these studies indicate that sulphur contamination of the
therwise sulphur free oil can occur when using sulphide type cat-
lysts. An interesting perspective in this is that Co–MoS2/Al2O3 is
sed as industrial HDS catalyst where it removes sulphur from oils
own to a level of a few ppm [89]. On the other hand, Christensen
t al. [19] showed that, when synthesizing higher alcohols from
ynthesisgas with Co–MoS2/C co-fed with H2S, thiols and sulfides
ere produced as well. Thus, the influence of the sulphur on this

atalyst is difficult to evaluate and needs further attention.
On the basis of density functional theory (DFT) calculations,

oberg et al. [90] proposed MoO3 as catalyst for HDO. These cal-
ulations showed that the deoxygenation on MoO3 occur similar
o the path in Fig. 4, i.e. chemisorption on a coordinatevely unsat-
rated metal site, proton donation, and desorption. For both oxide
nd sulphide type catalysts the activity relies on the presence
f acid sites. The initial chemisorption step is a Lewis acid/base
nteraction, where the oxygen lone pair of the target molecule is
ttracted to the unsaturated metal site. For this reason it can be
peculated that the reactivity of the system must partly rely on
he availability and strength of the Lewis acid sites on the catalyst.
ervasini and Auroux [91] reported that the relative Lewis acid site
urface concentration on different oxides are:

r2O3 > WO3 > Nb2O5 > Ta2O5 > V2O5 ≈ MoO3 (8)

This should be matched against the relative Lewis acid site
trength of the different oxides. This was investigated by Li and
ixon [92], where the relative strengths were found as:

O3 > MoO3 > Cr2O3 (9)

The subsequent step of the mechanism is proton donation.
his relies on hydrogen available on the catalyst, which for the
xides will be present as hydroxyl groups. To have proton donating
apabilities, Brønsted acid hydroxylgroups must be present on the
atalyst surface. In this context the work of Busca showed that the
elative Brønsted hydroxyl acidity of different oxides is [90]:

O3 > MoO3 > V2O5 > Nb2O5 (10)

The trends of Eqs. (8)–(10) in comparison to the reaction path
f deoxygenation reveals that MoO3 functions as a catalyst due to
he presence of both strong Lewis acid sites and strong Brønsted
cid hydroxyl sites. However, Whiffen and Smith [93] investigated
DO of 4-methylphenol over unsupported MoO3 and MoS2 in a
atch reactor at 41–48 bar and 325–375 ◦C, and found that the activ-

ty of MoO3 was lower than that for MoS2 and that the activation
nergy was higher on MoO3 than on MoS2 for this reaction. Thus,
oO3 might not be the best choice of an oxide type catalyst, but

n the basis of Eqs. (8)–(10) other oxides seem interesting for HDO.
pecifically WO3 is indicated to have a high availability of acid sites.
cheandia et al. [94] investigated oxides of W and Ni–W on active
arbon for HDO of 1 wt%  phenol in n-octane in a fixed bed reactor

t 150–300 ◦C and 15 bar. These catalysts were all proven active for
DO and especially the Ni–W system had potential for complete
onversion of the model compound. Furthermore, a low affinity
or carbon was observed during the 6 h of experiments. This low
Fig. 5. HDO mechanism over transition metal catalysts. The mechanism drawn on
the basis of information from Refs. [95,96].

value was  ascribed to a beneficial effect from the non-acidic carbon
support (cf. Section 4.1.3).

4.1.2. Transition metal catalysts
Selective catalytic hydrogenation can also be carried out with

transition metal catalysts. Mechanistic speculations for these sys-
tems have indicated that the catalysts should be bifunctional, which
can be achieved in other ways than the system discussed in Section
4.1.1. The bifunctionality of the catalyst implies two  aspects. On
one the hand, activation of oxy-compounds is needed, which likely
could be achieved through the valence of an oxide form of a tran-
sition metal or on an exposed cation, often associated with the
catalyst support. This should be combined with a possibility for
hydrogen donation to the oxy-compound, which could take place
on transition metals, as they have the potential to activate H2
[95–98].  The combined mechanism is exemplified in Fig. 5, where
the adsorption and activation of the oxy-compound are illustrated
to take place on the support.

The mechanism of hydrogenation over supported noble metal
systems is still debated. Generally it is acknowledged that the
metals constitute the hydrogen donating sites, but oxy-compound
activation has been proposed to either be facilitated on the metal
sites [99–101] or at the metal-support interface (as illustrated in
Fig. 5) [102,99,103]. This indicates that these catalytic systems
potentially could have the affinity for two  different reaction paths,
since many of the noble metal catalysts are active for HDO.

A study by Gutierrez et al. [66] investigated the activity of Rh,
Pd, and Pt supported on ZrO2 for HDO of 3 wt%  guaiacol in hexade-
cane in a batch reactor at 80 bar and 100 ◦C. They reported that the
apparent activity of the three was:

Rh/ZrO2 > Co–MoS2/Al2O3 > Pd/ZrO2 > Pt/ZrO2 (11)

Fig. 6 shows the results from another study of noble metal cat-
alysts by Wildschut et al. [53,104]. Here Ru/C, Pd/C, and Pt/C were
investigated for HDO of beech bio-oil in a batch reactor at 350 ◦C
and 200 bar over 4 h. Ru/C and Pd/C appeared to be good catalysts
for the process as they displayed high degrees of deoxygenation
and high oil yields, relative to Co–MoS2/Al2O3 and Ni–MoS2/Al2O3
as benchmarks.

Through experiments in a batch reactor setup with synthetic
bio-oil (mixture of compounds representative of the real bio-oil) at
350 ◦C and ca. 10 bar of nitrogen, Fisk et al. [105] found that Pt/Al2O3
displayed catalytic activity for both HDO and steam reforming and

therefore could produce H2 in situ. This approach is attractive as the
expense for hydrogen supply is considered as one of the disadvan-
tages of the HDO technology. However, the catalyst was  reported
to suffer from significant deactivation due to carbon formation.
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Fig. 6. Comparison of Ru/C, Pd/C, Pt/C, Co–MoS2/Al2O3 and Ni–MoS2/Al2O3 as cat-
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lysts for HDO, evaluated on the basis of the degree of deoxygenation and oil yield.
xperiments were performed with beech bio-oil in a batch reactor at 350 ◦C and
00 bar over 4 h. Data are from Wildschut et al. [53,104].

To summarize, the noble metal catalysts Ru, Rh, Pd, and possibly
lso Pt appear to be potential catalysts for the HDO synthesis, but
he high price of the metals make them unattractive.

As alternatives to the noble metal catalysts a series of inves-
igations of base metal catalysts have been performed, as the
rices of these metals are significantly lower [106]. Yakovlev et al.
98] investigated nickel based catalysts for HDO of anisole in

 fixed bed reactor at temperatures in the range from 250 to
00 ◦C and pressures in the range from 5 to 20 bar. In Fig. 7 the
esults of these experiments are shown, where it can be seen that
pecifically Ni–Cu had the potential to completely eliminate the
xygen content in anisole. Unfortunately, this comparison only
ives a vague idea about how the nickel based catalysts compare
o other catalysts. Quantification of the activity and affinity for
arbon formation of these catalysts relative to noble metal cat-
lysts such as Ru/C and Pd/C or relative to Co–MoS2 would be
nteresting.

Zhao et al. [107] measured the activity for HDO in a fixed bed
eactor where a hydrogen/nitrogen gas was saturated with gaseous
uaiacol (H2/guaiacol molar ratio of 33) over phosphide catalysts
upported on SiO2 at atmospheric pressure and 300 ◦C. On this basis
he following relative activity was found:

i2P/SiO2 > Co2P/SiO2 > Fe2P/SiO2 > WP/SiO2 > MoP/SiO2
(12)

All the catalysts were found less active than Pd/Al2O3, but more
table than Co–MoS2/Al2O3. Thus, the attractiveness of these cat-

ig. 7. Performance of nickel based catalysts for HDO. HDO degree is the ratio
etween the concentrations of oxygen free product relative to all products. Experi-
ents performed with anisole in a fixed bed reactor at 300 ◦C and 10 bar. Data from

akovlev et al. [98].
sis A: General 407 (2011) 1– 19

alysts is in their higher availability and lower price, compared to
noble metal catalysts.

A different approach for HDO with transition metal catalysts
was published by Zhao et al. [108–110]. In these studies it was
reported that phenols could be hydrogenated by using a hetero-
geneous aqueous system of a metal catalyst mixed with a mineral
acid in a phenol/water (0.01 mol/4.4 mol) solution at 200–300 ◦C
and 40 bar over a period of 2 h. In these systems hydrogen dona-
tion proceeds from the metal, followed by water extraction with
the mineral acid, whereby deoxygenation can be achieved [109].
Both Pd/C and Raney® Ni (nickel-alumina alloy) were found to be
effective catalysts when combined with Nafion/SiO2 as mineral acid
[110]. However, this concept has so far only been shown in batch
experiments. Furthermore the influence of using a higher phenol
concentration should be tested to evaluate the potential of the sys-
tem.

Overall it is apparent that alternatives to both the sulphur con-
taining type catalysts and noble metal type catalysts exist, but these
systems still need additional development in order to evaluate their
full potential.

4.1.3. Supports
The choice of carrier material is an important aspect of catalyst

formulation for HDO [98].
Al2O3 has been shown to be an unsuitable support, as it in the

presence of larger amounts of water it will convert to boemite
(AlO(OH)) [11,26,111]. An investigation of Laurent and Delmon
[111] on Ni–MoS2/�-Al2O3 showed that the formation of boemite
resulted in the oxidation of nickel on the catalyst. These nickel
oxides were inactive with respect to HDO and could further block
other Mo  or Ni sites on the catalyst. By treating the catalyst in a
mixture of dodecane and water for 60 h, a decrease by two thirds of
the activity was  seen relative to a case where the catalyst had been
treated in dodecane alone [26,111].

Additionally, Popov et al. [112] found that 2/3 of alumina was
covered with phenolic species when saturating it at 400 ◦C in a
phenol/argon flow. The observed surface species were believed to
be potential carbon precursors, indicating that a high affinity for
carbon formation exists on this type of support. The high surface
coverage was linked to the relative high acidity of Al2O3.

As an alternative to Al2O3, carbon has been found to be a more
promising support [53,94,113–115]. The neutral nature of carbon
is advantageous, as this gives a lower tendency for carbon forma-
tion compared to Al2O3 [94,114]. Also SiO2 has been indicated as a
prospective support for HDO as it, like carbon, has a general neu-
tral nature and therefore has a relatively low affinity for carbon
formation [107]. Popov et al. [112] showed that the concentration
of adsorbed phenol species on SiO2 was only 12% relative to the
concentration found on Al2O3 at 400 ◦C. SiO2 only interacted with
phenol through hydrogen bonds, but on Al2O3 dissociation of phe-
nol to more strongly adsorbed surface species on the acid sites was
observed [116].

ZrO2 and CeO2 have also been identified as potential carrier
materials for the synthesis. ZrO2 has some acidic character, but sig-
nificantly less than Al2O3 [117]. ZrO2 and CeO2 are thought to have
the potential to activate oxy-compounds on their surface, as shown
in Fig. 5, and thereby increase activity. Thus, they seem attractive
in the formulation of new catalysts, see also Fig. 7 [66,98,117,118].

Overall two aspects should be considered in the choice of sup-
port. On one hand the affinity for carbon formation should be
low, which to some extent is correlated to the acidity (which

should be low). Secondly, it should have the ability to activate oxy-
compounds to facilitate sufficient activity. The latter is especially
important when dealing with base metal catalysts, as discussed in
Section 4.1.2.



ataly

4

i
o
k
t

o
a
e

−

H
g
i
p
n
a
fi
o
e
a
t
r
e
w
c
i
a
a
v
o
g
w

P
b
l
a
t

−

H
A
t
r
o
h
w
w
t

T
K
m
D

P.M. Mortensen et al. / Applied C

.2. Kinetic models

A thorough review of several model compound kinetic stud-
es has been made by Furimsky [27]. However, sparse information
n the kinetics of HDO of bio-oil is available; here mainly lumped
inetic expressions have been developed, due to the diversity of
he feed.

Sheu et al. [119] investigated the kinetics of HDO of pine bio-
il between ca. 300–400 ◦C over Pt/Al2O3/SiO2, Co–MoS2/Al2O3,
nd Ni–MoS2/Al2O3 catalysts in a packed bed reactor. These were
valuated on the basis of a kinetic expression of the type:

dwoxy

dZ
= k · wm

oxy · Pn (13)

ere woxy is the mass of oxygen in the product relative to the oxy-
en in the raw pyrolysis oil, Z is the axial position in the reactor, k
s the rate constant given by an Arrhenius expression, P is the total
ressure (mainly H2), m is the reaction order for the oxygen, and

 is the reaction order for the total pressure. In the study it was
ssumed that all three types of catalyst could be described by a
rst order dependency with respect to the oxygen in the pyrolysis
il (i.e. m = 1). On this basis the pressure dependency and activation
nergy could be found, which are summarized in Table 6. Generally

 positive effect of an increased pressure was reported as n was in
he range from 0.3 to 1. The activation energies were found in the
ange from 45.5 to 71.4 kJ/mol, with Pt/Al2O3/SiO2 having the low-
st activation energy. The lower activation energy for the Pt catalyst
as in agreement with an observed higher degree of deoxygenation

ompared to the two other. The results of this study are interest-
ng, however, the rate term of Eq. (13) has a non-fundamental form
s the use of mass related concentrations and especially using the
xial position in the reactor as time dependency makes the term
ery specific for the system used. Thus, correlating the results to
ther systems could be difficult. Furthermore, the assumption of a
eneral first order dependency for woxy is a very rough assumption
hen developing a kinetic model.

A similar approach to that of Sheu et al. [119] was  made by Su-
ing et al. [67], where Co–MoS2/Al2O3 was investigated for HDO of
io-oil in a batch reactor between 360 and 390 ◦C. Here a general

ow dependency on the hydrogen partial pressure was  found over
 pressure interval from 15 bar to 30 bar, so it was chosen to omit
he pressure dependency. This led to the expression:

dCoxy

dt
= k · C2.3

oxy (14)

ere Coxy is the total concentration of all oxygenated molecules.
 higher reaction order of 2.3 was found in this case, compared

o the assumption of Sheu et al. [119]. The quite high apparent
eaction order may  be correlated with the activity of the different
xygen-containing species; the very reactive species will entail a
igh reaction rate, but as these disappear a rapid decrease in the rate

ill be observed (cf. discussion in Section 4). The activation energy
as in this study found to be 91.4 kJ/mol, which is somewhat higher

han that found by Sheu et al. [119].

able 6
inetic parameters for the kinetic model in Eq. (13) of different catalysts. Experi-
ents performed in a packed bed reactor between ca. 300–400 ◦C and 45–105 bar.
ata are from Sheu et al. [119].

Catalyst m n Ea [kJ/mol]]

Pt/Al2O3/SiO2 1 1.0 45.5 ± 3.2
Co–MoS2/Al2O3 1 0.3 71.4 ± 14.6
Ni–MoS2/Al2O3 1 0.5 61.7 ± 7.1
sis A: General 407 (2011) 1– 19 9

Massoth et al. [55] on the other hand established a kinetic model
of the HDO of phenol on Co–MoS2/Al2O3 in a packed bed reactor
based on a Langmuir–Hinshelwood type expression:

−dCPhe

d�
= k1 · KAds · CPhe + k2 · KAds · CPhe

(1 + CPhe,0 · KAds · CPhe)2
(15)

Here CPhe is the phenol concentration, CPhe,0 the initial phenol con-
centration, KAds the equilibrium constant for adsorption of phenol
on the catalyst, � the residence time, and k1 and k2 rate constants for
respectively a direct deoxygenation path (cf. Eq. (1)) and a hydro-
genation path (cf. Eq. (2)). It is apparent that in order to describe
HDO in detail all contributing reaction paths have to be regarded.
This is possible when a single molecule is investigated. However,
expanding this analysis to a bio-oil reactant will be too compre-
hensive, as all reaction paths will have to be considered.

Overall it can be concluded that describing the kinetics of HDO
is complex due to the nature of a real bio-oil feed.

4.3. Deactivation

A pronounced problem in HDO is deactivation. This can occur
through poisoning by nitrogen species or water, sintering of the
catalyst, metal deposition (specifically alkali metals), or coking [59].
The extent of these phenomena is dependent on the catalyst, but
carbon deposition has proven to be a general problem and the main
path of catalyst deactivation [120].

Carbon is principally formed through polymerization and
polycondensation reactions on the catalytic surface, forming pol-
yaromatic species. This results in the blockage of the active sites
on the catalysts [120]. Specifically for Co–MoS2/Al2O3, it has been
shown that carbon builds up quickly due to strong adsorption of
polyaromatic species. These fill up the pore volume of the cata-
lyst during the start up of the system. In a study of Fonseca et al.
[121,122], it was  reported that about one third of the total pore vol-
ume  of a Co–MoS2/Al2O3 catalyst was  occupied with carbon during
this initial carbon deposition stage and hereafter a steady state was
observed where further carbon deposition was  limited [120].

The rates of the carbon forming reactions are to a large extent
controlled by the feed to the system, but process conditions also
play an important role. With respect to hydrocarbon feeds, alkenes
and aromatics have been reported as having the largest affinity
for carbon formation, due to a significantly stronger interaction
with the catalytic surface relative to saturated hydrocarbons. The
stronger binding to the surface will entail that the conversion of
the hydrocarbons to carbon is more likely. For oxygen containing
hydrocarbons it has been identified that compounds with more
than one oxygen atom appears to have a higher affinity for car-
bon formation by polymerization reactions on the catalysts surfaces
[120].

Coking increases with increasing acidity of the catalyst; influ-
enced by both Lewis and Brønsted acid sites. The principle function
of Lewis acid sites is to bind species to the catalyst surface. Brønsted
sites function by donating protons to the compounds of relevance,
forming carbocations which are believed to be responsible for cok-
ing [120]. This constitute a problem as acid sites are also required
in the mechanism of HDO (cf. Fig. 4). Furthermore, it has been
found that the presence of organic acids (as acetic acid) in the feed
will increase the affinity for carbon formation, as this catalyses the
thermal degradation path [104].

In order to minimize carbon formation, measures can be taken in

the choice of operating parameters. Hydrogen has been identified as
efficiently decreasing the carbon formation on Co–MoS2/Al2O3 as it
will convert carbon precursors into stable molecules by saturating
surface adsorbed species, as for example alkenes [120,123].
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 zeolite cracking process as a function of temperature. Experiments were performed
ith a HZSM-5 catalyst in a fixed bed reactor for bio-oil treatment. Yields are given

elative to the initial biomass feed. Data are from Williams and Horne [127].

Temperature also affects the formation of carbon. At elevated
emperatures the rate of dehydrogenation increases, which gives
n increase in the rate of polycondensation. Generally an increase
n the reaction temperature will lead to increased carbon formation
120].

The loss of activity due to deposition of carbon on Co–MoS2/
l2O3 has been correlated with the simple model [124]:

 = k0 · (1 − �C) (16)

ere k is the apparent rate constant, k0 is the rate constant of an
npoisoned catalyst, and �C is the fractional coverage of carbon
n the catalyst’s active sites. This expression describes the direct
orrelation between the extent of carbon blocking of the surface
nd the extent of catalyst deactivation and indicates an apparent
roportional effect [120].

. Zeolite cracking

Catalytic upgrading by zeolite cracking is related to fluid cat-
lytic cracking (FCC), where zeolites are also used [57]. Compared
o HDO, zeolite cracking is not as well developed at present, partly
ecause the development of HDO to a large extent has been extrap-
lated from HDS. It is not possible to extrapolate zeolite cracking
rom FCC in the same degree [43,58,125].

In zeolite cracking, all the reactions of Fig. 1 take place in princi-
le, but the cracking reactions are the primary ones. The conceptual
omplete deoxygenation reaction for the system can be character-
zed as (the reaction is inspired by Bridgwater [43,58] and combined

ith the elemental composition of bio-oil specified in Table 3 nor-
alized to carbon):

H1.4O0.4 → 0.9“CH1.2
′′ + 0.1 CO2 + 0.2 H2O (17)

With “CH1.2” being an unspecified hydrocarbon product. As for
DO, the bio-oil is converted into at least three phases in the pro-
ess: oil, aqueous, and gas.

Typically, reaction temperatures in the range from 300 to 600 ◦C
re used for the process [51,126]. Williams et al. [127] investigated
he effect of temperature on HZSM-5 catalysts for upgrading of
io-oil in a fixed bed reactor in the temperature range from 400
o 550 ◦C, illustrated in Fig. 8. An increased temperature resulted
n a decrease in the oil yield and an increase in the gas yield.
his is due to an increased rate of cracking reactions at higher

emperatures, resulting in the production of the smaller volatile
ompounds. However, in order to decrease the oxygen content to a
ignificant degree the high temperatures were required. In conclu-
ion, it is crucial to control the degree of cracking. A certain amount
sis A: General 407 (2011) 1– 19

of cracking is needed to remove oxygen, but if the rate of cracking
becomes too high, at increased temperatures, degradation of the
bio-oil to light gases and carbon will occur instead.

In contrast to the HDO process, zeolite cracking does not require
co-feeding of hydrogen and can therefore be operated at atmo-
spheric pressure. The process should be carried out with a relatively
high residence time to ensure a satisfying degree of deoxygenation,
i.e. LHSV around 2 h−1 [16]. However, Vitolo et al. [128] observed
that by increasing the residence time, the extent of carbon for-
mation also increased. Once again the best compromise between
deoxygenation and limited carbon formation needs to be found.

In the case of complete deoxygenation the stoichiometry of Eq.
(17) predicts a maximum oil yield of 42 wt%, which is roughly
15 wt% lower than the equivalent product predicted for HDO [43].
The reason for this lower yield is because the low H/C ratio of the
bio-oil imposes a general restriction in the hydrocarbon yield [30].
The low H/C ratio of the bio-oil also affects the quality of the prod-
uct, as the effective H/C ratio ((H/C)eff) of the product from a FCC
unit can be calculated as [57,129]:

(H/C)eff = H − 2 · O − 3 · N − 2 · S

C
(18)

Here the elemental fractions are given in mol%. Calculating this
ratio on the basis of a representative bio-oil (35 mol% C, 50 mol% H,
and 15 mol% O, cf. Table 3) gives a ratio of 0.55. This value indicates
that a high affinity for carbon exist in the process, as an H/C ratio
toward 0 implies a carbonaceous product.

The calculated (H/C)eff values should be compared to the H/C
ratio of 1.47 obtained for HDO oil in Eq. (6) and the H/C ratio of 1.5–2
for crude oil [10,11]. Some zeolite cracking studies have obtained
H/C ratios of 1.2, but this has been accompanied with oxygen con-
tents of 20 wt% [127,130].

The low H/C ratio of the zeolite cracking oil implies that hydro-
carbon products from these reactions typically are aromatics and
further have a generally low HV relative to crude oil [28,43].

Experimental zeolite cracking of bio-oil has shown yields of oil
in the 14–23 wt%  range [131]. This is significantly lower than the
yields predicted from Eq. (17), this difference is due to pronounced
carbon formation in the system during operation, constituting
26–39 wt% of the product [131].

5.1. Catalysts and reaction mechanisms

Zeolites are three-dimensional porous structures. Extensive
work has been conducted in elucidating their structure and cat-
alytic properties [132–137].

The mechanism for zeolite cracking is based on a series of reac-
tions. Hydrocarbons are converted to smaller fragments through
general cracking reactions. The actual oxygen elimination is associ-
ated with dehydration, decarboxylation, and decarbonylation, with
dehydration being the main route [138].

The mechanism for zeolite dehydration of ethanol was inves-
tigated by Chiang and Bhan [139] and is illustrated in Fig. 9. The
reaction is initiated by adsorption on an acid site. After adsorption,
two different paths were evaluated, either a decomposition route
or a bimolecular monomer dehydration (both routes are shown in
Fig. 9). Oxygen elimination through decomposition was  concluded
to occur with a carbenium ion acting as a transition state. On this
basis a surface ethoxide is formed, which can desorb to form ethy-
lene and regenerate the acid site. For the bimolecular monomer
dehydration, two ethanol molecules should be present on the cat-
alyst, whereby diethylether can be formed. Preference for which of

the two  routes is favoured was  concluded by Chiang and Bhan [139]
to be controlled by the pore structure of the zeolite, with small pore
structures favouring the less bulky ethylene product. Thus, prod-
uct distribution is also seen to be controlled by the pore size, where
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of the three fractions in the final product: the oil fraction, the aque-
ous fraction, and the gas fraction. Furthermore the volatiles can
react through polymerization or condensation reactions to form
residue or carbon.
ig. 9. Dehydration mechanism for ethanol over zeolites. The left route is the de
echanism is drawn on the basis of information from Chiand and Bhan [139].

eoxygenation of bio-oil in medium pore size zeolites (ca. 5–6 Å)
ives increased production of C6–C9 compounds and larger pores
ca. 6–8 Å) gives increased production of C9–C12 [140].

The decomposition reactions occurring in the zeolite are accom-
anied by oligomerisating reactions, which in the end produces

 mixture of light aliphatic hydrocarbons (C1–C6) and larger aro-
atic hydrocarbons (C6–C10) [141]. The oligomerizing reaction
echanism is also based on the formation of carbenium ions as

ntermediates [142]. Thus, formation of carbenium ions is essential
n all relevant reaction mechanisms [138,139,141–144].

In the choice of catalysts the availability of acid sites is impor-
ant. This tendency has also been described for petroleum cracking
eolites, where a high availability of acid sites leads to extensive
ydrogen transfer and thereby produces a high gasoline frac-
ion. However, carbon forming mechanisms are also driven by the
ydrogen transfer, so the presence of many acid sites will also

ncrease this fraction. When discussing aluminosilicate zeolites the
vailability of acid sites is related to the Si/Al ratio, where a high
atio entails few alumina atoms in the structure leading to few
cid sites, and a low Si/Al ratio entails many alumina atoms in the
tructure, leading to many acid sites [143].

Different types of zeolites have been investigated for the zeo-
ite cracking process of both bio-oil and model compounds, as
een from Table 4, with HZSM-5 being the most frequently tested
51,128,130,140,141,144–152,159,154]. Adjaye et al. [140,145]
erformed some of the initial catalyst screening studies by investi-
ating HZSM-5, H-mordenite, H-Y, silica-alumina, and silicalite in

 fixed bed reactor fed with aspen bio-oil and operated between
30 and 410 ◦C. In these studies it was found that the activity of the
atalysts followed the order:

ZSM-5(5.4 Å) > H-mordenite(6.7 Å)  > H–Y(7.4 Å)

> silica-alumina(31.5 Å) > silicalite(5.4 Å) (19)

With the number in the parentheses being the average pore sizes
f the zeolites. Practically, silicalite does not contain any acid sites

s it is a polymorph structure of Si. In comparison, HZSM-5 is rich
n both Lewis and Brønsted acid sites. The above correlation there-
ore shows that the activity of zeolite cracking catalysts are highly
ependent on the availability of acid sites [140].
osition route and the right route is the bimolecular monomer dehydration. The

Overall, tuning of the acid sites availability is important in
designing the catalyst, as it affects the selectivity of the system,
but also the extent of carbon formation. Many acid sites give a high
yield of gasoline, but this will also lead to a high affinity for carbon
formation as both reactions are influenced by the extent of acid
sites [143].

5.2. Kinetic models

Only a few kinetic investigations have been reported for zeolite
cracking systems. On the basis of a series of model compound stud-
ies, Adjaye and Bakshi [51,126] found that the reaction network in
zeolite cracking could be described as sketched in Fig. 10.  They sug-
gested that the bio-oil initially separates in two  fractions, a volatile
and a non-volatile fraction (differentiated by which molecules
evaporated at 200 ◦C under vacuum). The non-volatile fraction can
be converted into volatiles due to cracking reactions. Besides this,
the non-volatiles can either polymerize to form residue or conden-
sate/polymerize to form carbon, with residue being the fraction of
the produced oil which does not evaporate during vacuum distilla-
tion at 200 ◦C. The volatile fraction is associated with the formation
Fig. 10. Reaction network for the kinetic model described in Eqs. (20)–(26).
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This reaction network was used in the formulation of a kinetic
odel, which was fitted to experiments with aspen bio-oil over
ZSM-5 in the temperature range from 330 to 410 ◦C:

onvolatiles :
dCNV

dt
= kNV · CB − kCr · C0.9

NV − kR1 · Cr1
NV − kC1 · Cc1

NV

(20)

olatiles :
dCV

dt
= kV · CB + kCr · C0.9

NV − kOil · Co
V − kGas · Cg

V

− kAqua · Ca
V − kR2 · Cr2

V − kC2 · Cc2
V (21)

il :
dCOil

dt
= kOil · Co

V (22)

queous :
dCAqua

dt
= kAqua · Ca

V (23)

as :
dCGas

dt
= kGas · Cg

V (24)

arbon :
dCC

dt
=  kC1 · Cc1

NV + kC2 · Cc2
V (25)

esidue :
dCR

dt
= kR1 · Cr1

NV + kR2 · Cr2
V (26)

ere Ci is the concentration of i, ki is the rate constant of reaction
, index B means bio-oil, index Cr means cracking, o is the reaction
rder for oil formation (decreasing from 1 to 0.8 with increasing
), a is the reaction order for the aqueous phase formation (in the
nterval from 1.4 to 1.6), g is the reaction order for gas formation
increasing from 0.7 to 0.8 with increasing T), c1 is the reaction
rder for carbon formation from non-volatiles (increasing from 0.9
o 1.1 with T), c2 is the reaction order for carbon formation from
olatiles (ranging from 1.1 to 1.2 with increasing T), r1 is the reac-
ion order for carbon formation from non-volatiles (increasing from
.9 to 2.5 with increasing T), and r2 is the reaction order for carbon
ormation from volatiles (decreasing from 1.5 to 0.7 with increasing
).

Fig. 11 shows a fit between the model and representative data.
verall the model succeeded in reproducing the experimental data
dequately, but this was done on the basis of variable reaction
rders, as mentioned above. Thus, the model becomes insufficient
o describe the rate correlation in any broad context.

Overall the results of Adjaye and Bakshi [51,126] display the

ame problems as observed in the kinetic systems discussed for
DO (Section 4.2); the complexity of the feed makes it difficult to
reate a kinetic description of the system without making a com-
romise.

ig. 11. Fit between a kinetic model for zeolite cracking of bio-oil and experimen-
al  data. Experiments were performed in a fixed bed reactor with aspen bio-oil as
eed  and HZSM-5 as catalyst. The figure is reproduced from Adjaye and Bakhshi
52].
sis A: General 407 (2011) 1– 19

5.3. Deactivation

As for HDO, carbon deposition and thereby catalyst deactivation
constitute a pronounced problem in zeolite cracking.

In zeolite cracking, carbon is principally formed through poly-
merization and polycondensation reactions, such formation results
in the blockage of the pores in the zeolites [143,148].  Guo et al.
[148] investigated the carbon precursors formed during operation
of bio-oil over HZSM-5 and found that deactivation was caused by
an initial build-up of high molecular weight compounds, primarily
having aromatic structures. These species formed in the inner part
of the zeolites and then expanded, resulting in the deactivation of
the catalyst.

Gayubo et al. [147] investigated the carbon formed on HZSM-5
during operation with synthetic bio-oil in a fixed bed reactor at
400–450 ◦C with temperature programmed oxidation (TPO) and
found two types of carbon: thermal carbon and catalytic carbon.
The thermal carbon was  described as equivalent to the depositions
on the reactor walls and this was only found in the macropores
of the catalyst. The catalytic carbon was found in the micropores
of the zeolites and was ascribed to dehydrogenation, condensa-
tion, and hydrogen transfer reactions. This was  found to have a
lower hydrogen content compared to the thermal carbon [147,155].
In the TPO, the thermal carbon was removed at lower tempera-
tures (450–480 ◦C) compared to the catalytic carbon, which was
removed at 520–550 ◦C. These observations were assumed due to
the catalytic carbon being steric hindered, deposited in the micro-
pores, strongly bound to the acidic sides of the zeolite, and less
reactive due to the hydrogen deficient nature. The conclusion of
the study was that the catalytic carbon was the principal source
of deactivation, as this resulted in blockage of the internal acidic
sites of the catalyst, but thermal carbon also contributed to the
deactivation.

The study of Huang et al. [143] described that acid sites played
a significant role in the formation of carbon on the catalysts. Pro-
ton donation from these was  reported as a source for hydrocarbon
cations. These were described as stabilized on the deprotonated
basic framework of the zeolite, which facilitated potential for crack-
ing and aromatization reactions, leading to carbon.

Summarizing, it becomes apparent that carbon forming reac-
tions are driven by the presence of acid sites on the catalyst leading
to poly (aromatic) carbon species. The acid sites are therefore the
essential part of the mechanism for both the deoxygenating reac-
tions (cf. Section 5.1) and the deactivating mechanisms.

Trying to decrease the extent of carbon formation on the cata-
lyst, Zhu et al. [154] investigated co-feeding of hydrogen to anisole
over HZSM-5 in a fixed bed reactor at 400 ◦C. This showed that
the presence of hydrogen only decreased the carbon formation
slightly. It was  suggested that the hydrogen had the affinity to react
with adsorbed carbenium ions to form paraffins, but apparently the
effect of this was  not sufficient to increase the catalyst lifetime in
any significant degree. Ausavasukhi et al. [156] reached a similar
conclusion in another study of deoxygenation of benzaldehyde over
HZSM-5, where it was  described that the presence of hydrogen did
not influence the conversion. However, a shift in selectivity was
observed as an increase in toluene production was observed with
H2, which was ascribed to hydrogenation/hydrogenolysis reactions
taking place.

In a study of Peralta et al. [157] co-feeding of hydrogen was
investigated for cracking of benzaldehyde over NaX zeolites with
and without Cs at 475 ◦C. The observed conversion as a function of
time on stream is shown in Fig. 12.  Comparing the performance of

CsNaX and NaX in hydrogen shows that the stability of the CsNaX
catalyst was  significantly higher as the conversion of this catalyst
only decreased by ca. 10% after 8 h, compared to a drop of ca. 75% for
NaX. However, as CsNaX has an initial conversion of 100% this drop
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Fig. 12. Stability of CsNaX and NaX zeolites for cracking of benzaldehyde with either
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more, the viscosity at 50 ◦C (�50◦C) of the HDO oil is seen to decrease,
which improves flow characteristics and is advantageous in further
processing. The decrease in the oxygen content also affects the pH
value of the oil, as this increases from ca. 3 to about 6 in HDO, i.e.

Table 7
Comparison of characteristics of bio-oil, catalytically upgraded bio-oil, and crude
oil.

Bio-oila HDOb Zeolite crackingc Crude oild

Upgraded bio-oil
YOil [wt%] 100 21–65 12–28 –
YWaterphase [wt%] – 13–49 24–28 –
YGas [wt%] – 3–15 6–13 –
YCarbon [wt%] – 4–26 26–39 –

Oil  characteristics
Water [wt%] 15–30 1.5 – 0.1
pH  2.8–3.8 5.8 – –
�  [kg/l] 1.05–1.25 1.2 – 0.86
�50◦C [cP] 40–100 1–5 – 180
HHV [MJ/kg] 16–19 42–45 21–36e 44
C  [wt%] 55–65 85–89 61–79 83–86
O  [wt%] 28–40 <5 13–24 <1
H  [wt%] 5–7 10–14 2–8 11–14
S  [wt%] <0.05 <0.005 – <4
N  [wt%] <0.4 – – <1
Ash  [wt%] <0.2 – – 0.1
H/C 0.9–1.5 1.3–2.0 0.3–1.8 1.5–2.0
O/C  0.3–0.5 <0.1 0.1–0.3 ≈0

a Data from [10,11,28].
2 or He as carrier gas. Experiments were performed in a fixed bed reactor at 475 ◦C.
ata are from Peralta et al. [157].

ight not display the actual drop in activity as an overpotential
ight be present in the beginning of the experiment.
Replacing H2 with He showed a significant difference for the

sNaX catalyst, as a much faster deactivation was observed in this
ase; dropping by ca. 90% over 8 h of operation. It was  concluded
hat H2 effectively participated in hydrogen transfer reactions over
hese catalysts, leading to the better stability. Ausavasukhi et al.
156] reported that when using HZSM-5 promoted with gallium for
eoxygenation of benzaldehyde in the presence of H2, the gallium
erved as hydrogen activating sites, which participated in hydro-
enation reactions on the catalyst. Comparing these results to the
ork by Zhu et al. [154] shows that co-feeding of hydrogen over

eolites has a beneficial effect if a metal is present.
In another approach, Zhu et al. [154] showed that if water was

dded to an anisole feed and treated over HZSM-5 at 400 ◦C, the
onversion was ca. 2.5 times higher than without water. It was
oncluded that water actively participated in the reactions on the
eolite. A possible explanation for these observations could be that
ow partial pressures of steam result in the formation of so called
xtra-framework alumina species which give an enhanced acidity
nd cracking activity [158,159,192].  Thus, it appears that addition
f water to the system can have a beneficial effect and constitute a
ath worth elucidating further, but it should also be kept in mind
hat bio-oil already has a high water content.

In summary, the results of Zhu et al. [154], Ausavasukhi et al.
156], and Peralta et al. [157] show that a hydrogen source in cat-
lytic cracking has a positive effect on the stability of the system.
hus, it seems that a potential exist for catalysts which are com-
inations of metals and zeolites and are co-fed with hydrogen.
ome initial work has recently been performed by Wang et al. [160]
here Pt on ZSM-5 was investigated for HDO of dibenzofuran, but

enerally this area is unexamined.
Finally, regeneration of zeolite catalysts has been attempted.

itolo et al. [141] investigated regeneration of a HZSM-5 catalyst
hich had been operated for 60–120 min  in a fixed bed reactor at

50 ◦C fed with bio-oil. The catalyst was washed with acetone and
eated in an oven at 500 ◦C over 12 h. Nevertheless, a lower catalyst

ifetime and deoxygenation degree was found for the regenerated
atalyst relative to the fresh. This effect became more pronounced
s a function of regeneration cycles. This persistent deactivation
as evaluated as being due to a decrease in the availability of acid

ites, which decreased by 62% over 5 regeneration cycles.
Guo et al. [130] tried to regenerate HZSM-5 at 600 ◦C over 12 h;

he catalyst had been used in a fixed bed reactor with bio-oil as

eed at 380 ◦C. Unfortunately the time on stream was  not reported.
esting of the catalyst after regeneration showed an increasing
xygen content in the produced oil as a function of regeneration
sis A: General 407 (2011) 1– 19 13

cycles, relative to the fresh catalyst. The fresh catalyst produced oil
with 21 wt% oxygen, but after 5 regenerations this had increased
to 30 wt%. It was concluded that this was  due to a decrease in the
amount of exposed active sites on the catalyst.

At elevated steam concentrations it has been found that alu-
minosilicates can undergo dealumination where the tetrahedral
alumina in the zeolite frame is converted into so called partially
distorted octahedral alumina atoms. These can diffuse to the outer
surface of the zeolite where they are converted into octahedrally
coordinated alumina atoms, which are not acidic. Overall this pro-
cess will entail that the availability of acidic sites in the zeolite
will decrease during prolonged exposure to elevated steam con-
centrations [159,161].  As Vitolo et al. [141] observed a decrease in
the availability of acid sites in the zeolite used for bio-oil upgrad-
ing and because bio-oil has a general high water content, it could
be speculated that dealumination is inevitably occurring during
zeolite cracking of bio-oil and thus regeneration cannot be done.

Overall, the work of Vitolo et al. [141] and Guo et al. [130] are
in analogy with traditional FCC where air is used to remove carbon
depositions on the catalyst [162], but it appears that this method
can not be applied to zeolite cracking of bio-oils. Thus, new strate-
gies are required.

6. General aspects

The grade of the fuels produced from upgrading bio-oil is an
important aspect to consider, but depending on the process con-
ditions different product compositions will be achieved. Table 7
illustrates what can be expected for the compositions and the char-
acteristics between raw pyrolysis oil, HDO oil, zeolite cracking oil,
and crude oil (as a benchmark).

Comparing bio-oil to HDO and zeolite cracking oil, it is seen that
the oxygen content after HDO and zeolite cracking is decreased. In
HDO a drop to <5 wt%  is seen, where zeolite cracking only decreases
the oxygen content to 13–24 wt%. Therefore a larger increase in the
HHV is seen through HDO compared to zeolite cracking. Further-
b Data from [16,53].
c Data from [130,127].
d Data from [10,11,28].
e Calculated on the basis of Eq. (27) [181].
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Table 8
Carbon deposition on different catalysts after operation, given in wt%  of total cata-
lyst  mass. Data for zeolites in rows 1 and 2 are from Park et al. [144], experiments
performed in a packed bed reactor at 500 ◦C over a period of 1 h with pine bio-oil.
Data for HDO catalysts in rows 3 and 4 are from Gutierrez et al. [66], experiments
performed in a batch reactor at 300 ◦C over a period of 4 h with guaiacol.

Catalyst Carbon [wt%]

HZSM-5 13.6
Meso-MFI 21.3
Co–MoS2/Al2O3 6.7
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Table 9
Oil composition on a water-free basis in mol% through the bio-oil upgrading process
as  specified by Elliott et al. [26]. The bio-oil was a mixed wood bio-oil. HDO was  per-
formed at 340 ◦C, 138 bar and a LHSV of 0.25 with a Pd/C catalyst. Hydrocracking was
performed at 405 ◦C, 103 bar and a LHSV of 0.2 with a conventional hydrocracking
catalyst.

Bio-oil HDO oil Hydrocracked oil

Ketones/aldehydes 13.77 25.08 0
Alkanes 0 4.45 82.85
Guaiacols etc. 34.17 10.27 0
Phenolics 10.27 18.55 0
Alcohols 3.5 5.29 0
Aromatics 0 0.87 11.53
Acids/esters 19.78 25.21 0

At the biorefinery plant the bio-oil is fed to the system and ini-
◦

Rh/ZrO2 1.8

aking it almost neutral. Generally, the characteristics of the HDO
il approaches the characteristics of the crude oil more than those
f the zeolite cracking oil.

Table 7 includes a comparison between the product distribu-
ion from HDO and zeolite cracking. Obviously, yields from the two
yntheses are significantly different. The principal products from
DO are liquids, especially oil. On the contrary, the main product

rom zeolite cracking appears to be carbon, which constitutes a
ignificant problem. The low oil yield from zeolite cracking further
ontains a large elemental fraction of oxygen. For this reason the
uel characteristics of the HDO oil is significantly better, having a
HV of 42–45 MJ/kg compared to only 21–36 MJ/kg for the zeolite
racking oil. Note, however that part of the increase in the HHV of
he HDO oil is due to the addition of hydrogen. Overall, HDO oil can
e produced in a larger yield and in a higher fuel grade compared
o zeolite cracking oil.

A general concern in both processes is the carbon deposition.
able 8 summarizes observed carbon deposition on catalytic sys-
ems for both HDO and zeolite cracking after operation. Despite
ifferent experimental conditions it is apparent that the extent of
arbon formation is more pronounced in zeolite cracking relative
o HDO. To give an idea of the extent of the problem; lifetimes of
round 100 h for Pd/C catalysts for HDO of bio-oil in a continu-
us flow setup at 340 ◦C were reported by Elliott et al. [61] and
ther studies have indicated lifetimes of around 200 h for HDO
f bio-oil with Co–MoS2/Al2O3 catalysts [43]. For zeolite cracking,
itolo et al. [141] reported that significant deactivation of HZSM-5
ccurred after only 90 min  of operation in a continuous flow setup
ith pine bio-oil at 450 ◦C due to carbon deposition. Zhu et al. [154]

howed that cracking of anisole with HZSM-5 in a fixed bed reactor
t 400 ◦C caused significant deactivation over periods of 6 h. Thus,
apid deactivation is found throughout the literature, where deac-
ivation of zeolite cracking catalysts is more pronounced than that
f HDO catalysts.

Baldauf et al. [70] investigated direct distillation of HDO oil (with
a. 0.6 wt% oxygen). The produced gasoline fraction had an octane
umber (RON) of 62, which is low compared to 92–98 for commer-
ial gasoline. The diesel fraction had a cetane number of 45, also
eing low compared to a minimum standard of 51 in Europe [163].
he overall conclusion of this study therefore was  that the fuel
roduct was not sufficient for the current infrastructure. Instead

t has been found that further processing of both HDO oil and zeo-
ite cracking is needed for production of fuel; as for conventional
rude oil [125,164].

Processing of HDO oil in fluid catalytic cracking (FCC) both with
nd without co-feeding crude oil has been done. This approach
llows on to convert the remaining oxygen in the HDO oil to CO2
nd H2O [60,165]. Mercader et al. [60] found that if HDO oil was
ed in a ratio of 20 wt% HDO oil to 80 wt% crude oil to a FCC unit,

 gasoline fraction of above 40 wt% could be obtained, despite an

xygen content of up to 28 wt% in the HDO oil. The gasoline fraction
roved equivalent to the gasoline from pure crude oil. Furthermore,
CC processing of pure HDO oil was found to produce gasoline
Furans etc. 11.68 6.84 0
Unknown 6.83 3.44 5.62

fractions equivalent to conventional gasoline, with oxygen content
in the HDO oil up to ca. 17 wt%  [60].

Elliott et al. [26] investigated upgrading of HDO oil through con-
ventional hydrocracking and found that by treating the HDO oil at
405 ◦C and 100 bar with a conventional hydrocracking catalyst the
oxygen content in the oil decreased to less than 0.8 wt% (compared
to 12–18 wt% in the HDO oil). In Table 9 the development in the
oil composition through the different process steps can be seen.
From bio-oil to HDO oil it is seen that the fraction of larger oxy-
gen containing molecules decreases and the fraction of the smaller
molecules increases. Through the hydrocracking the smaller oxy-
gen containing molecules is converted, in the end giving a pure
hydrocarbon product. The process was reported to have an overall
yield of 0.33–0.64 g oil per g of bio-oil.

7. Prospect of catalytic bio-oil upgrading

The prospect of catalytic bio-oil upgrading should be seen not
only in a laboratory perspective, but also in an industrial one.
Fig. 13 summarizes the outline of an overall production route from
biomass to liquid fuels through HDO. The production is divided into
two sections: flash pyrolysis and biorefining.

In the pyrolysis section the biomass is initially dried and grinded
to reduce the water content and produce particle sizes in the range
of 2–6 mm,  which are needed to ensure sufficiently fast heating
during the pyrolysis. The actual pyrolysis is here occurring as a cir-
culating fluid bed reactor system where hot sand is used as heating
source, but several other routes also exists [9,29,31,32,38,166]. The
sand is subsequently separated in a cyclone, where the biomass
vapour is passed on in the system. By condensing, liquids and resid-
ual solids are separated from the incondensable gases. The oil and
solid fraction is filtered and the bio-oil is stored or sent to another
processing site. The hot off-gas from the condenser is passed on
to a combustion chamber, where methane, and potentially other
hydrocarbons, is combusted to heat up the sand for the pyroly-
sis. The off-gas from this combustion is in the end used to dry the
biomass in the grinder to achieve maximum heat efficiency.

For a company to minimize transport costs, bio-oil production
should take place at smaller plants placed close to the biomass
source and these should supply a central biorefinery for the final
production of the refined bio-fuel. This is illustrated in Fig. 13 by
several trucks supplying feed to the biorefinery section. In this way
the bio-refinery plant is not required to be in the immediate vicin-
ity of the biomass source (may be >170 km), as transport of bio-oil
can be done at larger distances and still be economically feasible
[39,40].
tially pressurized and heated to 150–280 C [75,104]. It has been
proposed to incorporate a thermal treatment step without cata-
lyst prior to the catalytic reactor with either the HDO or zeolite
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Fig. 13. Overall flow sheet for the production of bio-fuels on the basis of catal

atalyst. This should take place between 200 and 300 ◦C and can
e carried out both with and without the presence of hydrogen.
his will prompt the reaction and stabilization of some of the most
eactive compounds in the feed and thereby lower the affinity for
arbon formation in downstream processes [11,75,159,164,167].
fter the thermal treatment the actual HDO synthesis is prompted,
roducing oils equivalent to the descriptions of Table 7.

The HDO oil is processed by an initial distillation to separate light
nd heavy oil. The heavy oil fraction is further processed through
racking, which here is illustrated by FCC, but also could be hydro-
racking. The cracked oil fraction is hereafter joined with the light
il fraction again. Finally, distillation of the light oil is performed to
eparate gasoline, diesel, etc.

Off-gasses from the HDO and the FCC should be utilised in the
ydrogen production. However, these are not sufficient to produce
he required amount of hydrogen for the synthesis, instead addi-
ional bio-oil (or another feed) should be supplied to the plant [167].
n the flow sheet of Fig. 13,  steam reforming is shown simplified
s a single step followed by hydrogen separation through pressure
wing adsorption (PSA). In reality this step is more complex, as heat
ecovery, feed pre-treatment, and water-gas-shift all would have
o be incorporated in such a section, but these details are outside
he scope of this study, readers should instead consult references
168–171]. If hydrogen is supplied from steam reforming of bio-oil,
s indicated in Fig. 13,  it would result in a decrease in the fuel pro-
uction from a given amount of bio-oil by about one third [167].

n the future it is believed that the hydrogen could be supplied
hrough hydrolysis with energy generation on the basis of solar
r wind energy, when these technologies are mature [57,172,173].
his also offers a route for storage of some of the solar energy.

In between the pyrolysis and the HDO plant a potential stabiliza-
ion step could be inserted due to the instability of the bio-oil. The

ecessity of this step depends on a series of parameters: the time
he bio-oil should be stored, the time required for transport, and the
pparent stability of the specific bio-oil batch. The work of Oasmaa
nd Kuoppala [50] indicates that utilisation of the bio-oil should be
pgrading of bio-oil. The figure is based on information from Jones et al. [167].

done within three months if no measures are taken. Different meth-
ods have been suggested in order to achieve increased stability of
bio-oil; one being mixing of the bio-oil with alcohols, which should
decrease the reactivity [49,152,159]. Furthermore a low tempera-
ture thermal hydrotreatment (100–200 ◦C) has been proposed, as
this will prompt the hydrodeoxygenation and cracking of some of
the most reactive groups [23].

In the design of a catalytic upgrading unit it is relevant to look at
the already well established HDS process, where the usual choice
is a trickle bed reactor [9,120,174,175]. Such a reactor is illustrated
in Fig. 14.  This is essentially a packed bed reactor, but operated in
a multiphase regime. In the reactor the reactions occur between
the dissolved gas (hydrogen) and the liquid on the catalytic sur-
face. The liquid flow occurs as both film and rivulet flow filling
the catalyst pores with liquid [176,177].  The advantages of using a
trickle bed reactor, with respect to the current HDO process, are: the
flow pattern resemblance plug flow behaviour giving high conver-
sions, low catalyst loss, low liquid/solid ratio ensuring low affinity
for homogenous reactions in the oil, relatively low investment
costs, and possibility to operate at high pressure and temperature
[177,175].

The HDO process has been evaluated as being a suitable choice in
the production of sustainable fuels, due to a high carbon efficiency
and thereby a high production potential [10,23,173,178]. In an eval-
uation by Singh et al. [173] it was estimated that the production
capacity on an arable land basis was 30–35 MJ  fuel/m2 land/year
for pyrolysis of the biomass followed by HDO, combined with gasi-
fication of a portion of the biomass for hydrogen production. In
comparison, gasification of biomass followed by Fischer–Tropsch
synthesis was in the same study estimated as having a land utilisa-
tion potential in the order of 21–26 MJ  fuel/m2 land/y. It was further
found that the production of fuels through HDO could be increased

by approximately 50% if the hydrogen was  supplied from solar
energy instead of gasification, thus being 50 MJ  fuel/m2 land/year.
However, care should be taken with these results, as they are cal-
culated on the basis of assumed achievable process efficiencies.
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ig. 14. Scheme of a trickle bed reactor. The figure is drawn on the basis of infor-
ation from Mederos et al. [175].

A relatively new economic study has been made by the U. S.
epartment of Energy [167] where all process steps were taken

nto consideration, in analogy to Fig. 13,  but with natural gas as
ydrogen source. The total cost from biomass to gasoline was cal-
ulated to be 0.54 $/l of gasoline, compared to a price of 0.73 $/l
or crude oil derived gasoline in USA at present, excluding distri-
ution, marketing, and taxes [179]. Thus, this work concluded that
roduction of fuels through the HDO synthesis is economically fea-
ible and cost-competitive with crude oil derived fuels. However, a
ertain uncertainty in the calculated price of the synthetic fuel must
e remembered and the reported value is therefore not absolute.

The above discussion only treats the production and prices of the
DO synthesis. To the knowledge of the authors, zeolite cracking
as not yet been evaluated as an industrial scale process.

Evaluating zeolite cracking in industrial scale would include
ome changes relative to Fig. 13,  with the exclusion of hydrogen
roduction as the most evident. Alternatively, the zeolite crack-

ng could be placed directly after the pyrolysis reactor, treating the
yrolysis vapours online [127,144,149,180].  Hong-yu et al. [149]
oncluded that online upgrading was superior in liquid yield and
urther indicated that a better economy could be achieved this way,
ompared to the two separate processes. However, oxygen content
as reported as being 31 wt% in the best case scenario, indicating

hat other aspects of zeolite cracking still should be elucidated prior
o evaluating the process in industrial scale.
. Discussion

Catalytic bio-oil upgrading is still a technology in its infancy
egarding both HDO and zeolite cracking. Zeolite cracking is the
sis A: General 407 (2011) 1– 19

most attractive path due to more attractive process conditions, in
terms of the low pressure operation and independence of hydrogen
feed and this could make it easy to implement in industrial scale.
However, the high proportion of carbon formed in the process deac-
tivates the zeolites, presently giving it insufficient lifetime. Another
concern is the general low grade of the fuel produced, as shown
in Table 7. Explicitly, the low heating value entails that the pro-
duced fuel will be of a grade too low for utilisation in the current
infrastructure. Increasing this low fuel grade does not seem possi-
ble, as the effective H/C ratio calculated from Eq. (18) at maximum
can be 0.6; significantly lower than the typical value of crude oil
(1.5–2). Furthermore, zeolite cracking has proven unable to give
high degrees of deoxygenation, as O/C ratios of 0.6 in the product
have been reported (compared to 0 of crude oil). Low H/C ratios and
high O/C ratios both contribute to low heating values, as seen from
Channiwala’s and Parikh’s correlation for calculation of the HHV on
the basis of the elemental composition in wt%  [181]:

HHV [MJ/kg] = 0.349 · C + 1.178 · H − 0.103 · O − 0.015 · N

+0.101 · S − 0.021 · ash (27)

Here it is seen that hydrogen contributes positively and oxygen
negatively.

We conclude that zeolite cracking can not produce fuels of
sufficient quality to cope with the demands in the current infras-
tructure. This is in agreement with Huber et al. [16] where the
usefulness of the technology was  questioned due to the low hydro-
carbon yields and high affinity for carbon formation. Zhang et al.
[28] expressed concern about the low quality of the fuels, con-
cluding that zeolite cracking was  not a promising route for bio-oil
upgrading.

The process still seems far from commercial industrial applica-
tion in our point of view. To summarize, three crucial aspects still
has to be improved: product selectivity (oil rather than gas and
solids), catalyst lifetime, and product quality.

Overall it is concluded that a hydrogen source is a requirement
in order to upgrade bio-oil to an adequate grade fuel, i.e. HDO.
However, this route is also far from industrial application. A major
concern of this process is the catalyst lifetime, as carbon deposition
on these systems has to be solved before steady production can be
achieved.

Regarding deactivation mechanisms it appears that sulphur poi-
soning from the bio-oil has been disregarded so far, as carbon has
been a larger problem and because much effort has been focused
on the sulphur tolerant Co–MoS2 and Ni–MoS2 systems. However,
a number of interesting catalysts for hydrodeoxygenation of bio-
oil not based on CoMo and NiMo hydrotreating catalysts have been
reported recently. With the work by Thibodeau et al. [182], Wild-
schut et al. [53,104,183,184],  Elliott et al. [61], and Yakovlev et al.
[98,185,186] a turn toward new catalysts such as WO3, Ru/C, Pd/C,
or NiCu/CeO2 has been indicated. Drawing the parallel to steam
reforming where some of these catalysts have been tested, it is well
known that even low amounts of sulphur over e.g. a nickel catalyst
will result in deactivation of the catalyst [187–189].  As bio-oil is
reported to contain up to 0.05 wt%  sulphur, deactivation of such
catalytic systems seems likely.

Other challenges of HDO involve description of the kinetics,
which so far has been limited to either lumped models or compound
specific models. Neither of these approaches seems adequate for
any general description of the system and therefore much benefit
can still be obtained in clarifying the kinetics. Inspiration can be
found when comparing to already well established hydrotreating

processes, such as HDS and hydrocracking. In industry these sys-
tems are described on the basis of a pseudo component approach,
where the feed is classified on the basis of either boiling range or
hydrocarbon type. In this way  the kinetic model treats the kinetics
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f the individual fractions on the basis of detailed kinetic inves-
igations on representative model compounds [190,191].  In order
o describe the kinetics of HDO (and zeolite cracking as well) of
io-oil an approach similar to this would probably be necessary,
here the division probably should be on the basis of functional

roups.
Further elucidation of HDO in industrial scale is also a request.

laboration of why high pressure operation is a necessity and eval-
ation of potential transport limitations in the system are still
ubjects to be treated, they also have been questioned by Vender-
osch et al. [11]. Both aspects affect the reactor choice, as the
roposed trickle bed reactor in Section 7 potentially could be
eplaced with a better engineering solution.

. Conclusion and future tasks

Due to the demand for fuels, the increased build-up of CO2 in the
tmosphere, and the general fact that the oil reserves are depleting,
he need of renewable fuels is evident. Biomass derived fuels is in
his context a promising route, being the only renewable carbon
esource with a sufficiently short reproduction cycle.

Problems with biomass utilisation are associated with the high
ost of transport due to the low mass and energy density. To circum-
ent this, local production of bio-oil seems a viable option, being

 more energy dense intermediate for processing of the biomass.
his process is further applicable with all types of biomass. How-
ver, the bio-oil suffers from a high oxygen content, rendering it
cidic, instable, immiscible with oil, and giving it a low heating
alue. Utilisation of bio-oil therefore requires further processing in
rder to use it as a fuel.

Several applications of bio-oil have been suggested. Deoxygena-
ion seems one of the most prospective options, which is a method
o remove the oxygen containing functional groups. Two  different

ain routes have been proposed for this: HDO and zeolite cracking.
HDO is a high pressure synthesis where oxygen is removed from

he oil through hydrogen treatment. This produces oil with low
xygen content and a heating value equivalent to crude oil.

Zeolite cracking is performed at atmospheric pressure in the
bsence of hydrogen, removing oxygen through cracking reactions.
his is attractive from a process point of view, but it has been found
nfeasible since the product is a low grade fuel and because of a
oo high carbon formation (20–40 wt%). The latter results in rapid
eactivation of the catalyst.

Overall HDO seems the most promising route for production of
io-fuels through upgrading of bio-oil and the process has further
een found economically feasible with production prices equiva-

ent to conventional fuels from crude oil, but challenges still exist
ithin the field. So far the process has been evaluated in indus-

rial scale to some extent, elucidating which unit operations should
e performed when going from biomass to fuel. However, aspects
f the transport mechanisms in the actual HDO reactor and the
igh pressure requirement are still untreated subjects which could
elp optimize the process and bring it closer to industrial utilisa-
ion. Another great concern within the field is catalyst formulation.

uch effort has focused around either the Co–MoS2 system or
oble metal catalysts, but due to a high affinity for carbon forma-
ion, and also due to the high raw material prices for the noble

etals, alternatives are needed. Thus, researchers investigate to
ubstitute the sulphide catalysts with oxide catalysts and the noble
atalysts with base metal catalysts. The principal requirement to
atalysts are to have a high resistance toward carbon formation
nd at the same time have a sufficient activity in hydrodeoxygena-

ion.

Overall the conclusion of this review is that a series of fields still
ave to be investigated before HDO can be used in industrial scale.
uture tasks include:
sis A: General 407 (2011) 1– 19 17

• Catalyst development; investigating new formulations, also in
combination with DFT to direct the effort.

• Improved understanding of carbon formation mechanism from
classes of compounds (alcohols, carboxylic acids, etc.).

• Better understanding of the kinetics of HDO of model compounds
and bio-oil.

• Influence of impurities, like sulphur, in bio-oil on the performance
of different catalysts.

• Decrease of reaction temperature and partial pressure of hydro-
gen.

• Defining the requirement for the degree of oxygen removal in the
context of further refining.

• Finding (sustainable) sources for hydrogen.
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